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ABSTRACT

Experimental investigations are reported for partial condensation of steam on a single horizontal
tube and on a horizontal tube row with parallel flow. Local measurements of heat- and mass
transfer were made in laminar and turbulent flow of the steam-air mixture in the two heat
exchangers. Data have been obtained at near atmospheric pressure, with Reynolds numbers
between 4.000 < Re < 17.000 and a partial vapour pressure between 0.45 < Psteam/Ptotal < 0.95.

The distribution of heat and mass transfer on a single horizontal tube is a function of the in-
creasing air-fraction and the decreasing mass transport along the tube. In a tube row the heat-
and mass transfer on the cooling tubes is additionally influenced by condensate inundation. The
convective mass transport and the condensation of steam at the surface of the liquid film and at
the condensate between the tubes cause a gradient of steam concentration and temperature in
all three directions of the flow channel.

A dew-point probe with small size, specially developed for this investigations, was used to measure
the local vapour concentration of the mixture in the heat-exchanger. The radial heat flux at the
cooling tubes was measured by using the radial temperature gradient in the tubes.

The experiments in the single tube heat exchanger show near the inlet region a higher heat flux
at the bottom of the tube than on the top although it should be smaller there due to a thicker
liquid film. With increasing distance from the inlet the situation changes and the heat flux
density gets its highest values at the top of the tube. The reason for the above mentioned effects
is discussed for a better understanding of the condensation in vapour-gas mixtures. With the
measured data correlations are developed for predicting the local Nusselt and Sherwood numbers
in a horizontal annular-low-channel. Preliminary values of measured heat flux densities in tube
row heat exchanger are reported.
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Introduction

Shell-side condensation is relevant to many important applications both in power engineering
and in processing industry. Many experimental and theoretical investigations have been done in
this field. A review is given by Marto [1].
A special point of interest in condensation experiments is the influence of non-condensable gases
on the heat and mass transfer rates. Already small amounts of inert gas in vapour can cause a
gradient of the air-fraction close to the condensate and may reduce significantly the condensation
heat transfer rates. Differently from pure steam condensation, during partial condensation the
steam is transferred by convection and diffusion. A temperature and concentration profile deve-
lops in the gas phase. Summaries of this phenomena are given by Chisholm [2] and Webb and
Wanniarachchi [3]. In partial condensation the heat transfer coefficients, the gas compositions
and the flow pattern vary along the path of mixture flow. Colburn and Hougen [4] developed a
method to calculate shell-side heat transfer step by step along the path of mixture flow during
partial condensation. Together with experimentally verified coeflicients equations, partial con-
densation can be described with filmtheory. One of the recent publications on this field is given
by Numrich and Rennhack [5]. Nolte [6] did experimental investigations on a single horizontal
tube and developed coefficients equations for calculating heat- and mass transfer during partial
condensation with the filmtheory. Several investigations are done in horizontal tube bundle heat
exchangers, for example from Cavallini et al. {7]. All the known publications deal with a mixture
flow perpendicular to the tube row.
The work reported here investigates the mechanism of heat- and mass transfer along a single
horizontal tube and a horizontal tube row heat exchanger in parallel flow during the condensation
of steam from a steam-air mixture. The heat- and mass transfer is mainly influenced by the
condensing liquid film flowing around the cooled tubes and by the gradient of the air-fraction
perpendicular to the tubes. Qutside of the boundary layer the vapour concentration is constant in
the bulk flow. The liquid leaving a tube and falling on the tube under it disturbs the boundary
layer and the liquid film on both tubes. The increased turbulence in the liquid film and the
boundary layer due to condensate inundation causes an increase in heat- and mass transfer. This
effect is opposed by the decrease of heat- and mass transfer due to the higher film thickness on

the inundated tubes.

Apparatus and Procedure

The investigation of condensation in the presence of an inert gas was performed in a test loop
with the following main equipment as shown in Fig. 1: Steam is generated from destilled: water
in a boiler by three 15 kW-heaters. Compressed air is filtered from oil and dust. The steam-
and air-flow rates are measured separately by a V-Cone probe and orifice flow meters. The
alr is passing an electrical heater before being mixed with the steam and enters then the heat
exchanger. To avoid condensation on the way to the heat exchanger the steam is superheated
according its higher pressure in the boiler.
For the single tube investigations, the heat exchanger is built up by two concentric tubes. The
inner tube is cooled with water, the outer tube is isolated. The condensing gas mixture flows in
the annulus between the outer and inner tube (hydraulic diameter d), = D4 —~Dj; = 15.5-10"%m).
To enable local measurements of heat and mass transfer along the heat exchanger tube with a
condensing length of 2m a instrumented section with a length of 0.25m was installed and the gas
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inlet was constructed movable in axial direction. This was achieved by a pipe consisting of two
concentric tubes which were stuck movable into the gas annulus.

For the tube bundle investigations the heat exchanger is built up by three horizontal cooling tubes
in a vertical row, one gas inlet, one gas outlet and one instrumented segment with a length of 0.25
m. Eight shell segments with different length can be fixed between the instrumented segment
and the gas inlet. In both heat-exchangers the distance between the onset of condensation and
the inlet of the instrumented segment can be varied from 0 to 1.75m in 0.25m steps in order to
get eight measuring intervals at a total length of 2m.

Through the entire test loop, the steam-air mixture and condensate contacts only stainless steel,
glass and Teflon seals. The loop was cleaned carefully to avoid contamination.

Instrumented segment
For the investigations in the heat exchangers the local heat and mass transfer along the tubes

and the heat and mass transfer between the cooling surfaces of the tube row has to be calculated.
Therefor local values of vapour concentration and temperature of the mixture, wall temperature
of the cooling tubes and condensate mass flow at the bottom of the heat exchanger shells are
measured. To obtain the local data of temperature and vapour concentration in the single tube
heat exchanger the probes are mounted in a turning ring (Fig. 2). In the tube row, the probes
are fixed in a rotatable disc (Fig. 3). In both arrangements the dew-point probe can be moved
perpendicular to the tubes. With the rotating elements, together with the heat exchanger which
allow variable condensation length before the instrumented segments, the local data can be
obtained by one probe in each case.

The wall heat flux through the water cooled stainless steel tubes (#0.025m x 0.005m) is calculated
from the wall temperatures of the tubes. Therefor the temperature gradient in the wall is used.
In every tube four thermocouples (0.5 - 103 in diameter) were mounted - two flush mounted
with the outer and two flush mounted with the inner surface. In order to get the circumferential
temperature distribution the tubes can be turned.

Dew point probe

For measuring the vapour concentration a newly developed dew-point probe is used. The
method is based on the determination of the dew-point temperature and the total pressure of the
gas mixture. The design of the dew-point probe is shown in Fig. 4 and Fig. 5. The measuring
sensor of the dew-point probe consists of a thermocouple soldered to a stainless steel foil, which
is about 0.1mm thick, and separates the steam atmosphere from the channel system (Fig. 4).
The stainless steel foil can be cooled from its rear side by a cooling gas. To do this, the capillary
tubes of the channel system are connected to a cooling gas supply.
Without cooling the thermo-couple at the foil shows the true temperature of the steam-air mix-
ture. As soon as the cooling is started, the temperature at the foil falls. Fig. 6 shows typical
temperature curves. Curve a) was detected in pure air flow, curve b) was detected in a mixture of
steam and air. Curve b) shows after the start of the cooling at first a decrease in the temperature
until condensation begins at the outside of the foil. At this moment a sudden strong change
in the temperature-time curve can be observed. This marks the dew-point temperature from
which the steam concentrations in the mixture can be calculated. The next measurement can be
started, after the condensate at the foil is evaporated. As the total pressure p does not exceed
~ 10 bar and the presence of the non-condensing gas has negligible influence on the saturation




partial pressure, the air-concentration (1, /1, ) can be calculated with the equations (1) and (2)
and the measured saturation temperature 7.

4064.95
In(p, /mbar) = 19.0160 — (T.7°C) + 236.35 1)
Ma - D—Ds X Eti (2)

my ps R,

Experimental Results and Discussion
For the single tube heat exchanger experimental results are reported for the following inlet-

conditions:
Tintet = 373K 4.370 < Reinter < 12.800 0.59 < psteam/Ptotal < 0.95.

The Reynols number is calculated as

Re = Wmizture * (DA - DII)

Ymizture

For the tube row preliminary results are reported for the following inlet-conditions:
I}nlet = 373K 8.000 < Re{nlet < 17.000 0.45 < pstgam/ptotal < 0.85-

The Reynols number in this channel is calculated as

(4 * Wmizture * A)

Ymizture * Pweétcd

Re =

Single tube heat exchanger
The varying heat- and mass transfer in the axial direction is mainly influenced by the decreasing

steam flow rate and the increasing air-fraction in the boundary layer. The heat transfer from the
gas to the wall is controlled by the heat flux due to the phase change of the condensing steam,
the heat transport due to the convection in the gas annulus and the convective heat transport in
the liquid film.

Due to the condensation of steam, the flow rate of the mixture and by this the velocity is
decreasing along the tube. The velocity gradient along the tube is a function of the steam-air
fraction and the Reynolds number at the gas inlet. Fig. 7 shows measured velocity gradients as
a function of the inlet conditions.

Around the perimeter of the horizontal tube exists a gradient in air-concentrations, temperature
and heat flux density. Thereasons for this effects are the increasing film thickness and the
condensate dropping from the tube or being driven along the bottom of the tube by the air-steam
flow. Fig. 8 shows an example of temperature and concentration profiles after a condensation
length of 0.875 m and with the inlet conditions Re = 7.800 and pyteam/Protat = 0.95. Fig 8a)
shows the temperature profiles at the film surface (5) and at the outer (¢77) and inner (¢;) tube
wall. Fig 8b) shows the vapour concentration in the bulk flow (¥45) and at the film surface (1. ).
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In a parallel flow heat exchanger the distribution of heat and mass transfer around the cooled
surface varies along the tube. Fig. 9 shows the gradient of the heat flux density at four different
positions at the tube perimeter. The data for ¢ = 45° and ¢ = 105° are similar, due to the
laminar condensate film and the small increase of film thickness in this area. At the lower
positions ¢ = 180° it can be observed, that the heat flux decreases with increasing film thickness.
At higher vapour concentrations at the mixture inlet the heat flux at the tube bottom can be
30% smaller than the heat flux averaged over the perimeter.

Along the tube, the heat flux at the position ¢ = 150° can be 20% higher than the average
value. The following effect is the reason for the increased heat flux in this position: A part of the
condensate collects at the bottom of the tube and is driven along the surface by the shear stress
from the mixture flow. This condensate forms drops, which flow along the tube, grow there and
drop down after a while. The turbulence in the condensate film is enlarged by this drop motion.
At a position ¢ = 150° the film is thin enough that the film turbulence cause an increase in
heat flux. The condensate accumulation at the bottom of the tube builds up an heat transfer
resistance, which can not be compensated by this turbulent motion.

From the measured values of heat flux, temperature differences and vapour concentrations, The
Nusselt- and the Sherwood -numbers can be calculated. Comparing the results with the pre-
dictions of the film theory (8] shows interesting differences. In Fig. 10 the correction factor

B
g Sh(l=vur) _ B(1=%us)
Sho Bo

calculated by measured data and with the assumptions of the film theory is plotted versus the
length of the channel. At the inlet, the experiment shows a higher correction factor than the
theory predicts. This is due to inlet effects which are not described by the film theory. The upper
picture shows correction terms for a fluid with a low vapour concentration at the mixture inlet.
The Reynolds number along the tube is never smaller then 3.000. For this case, the film theory
predicts at first rising and than falling correction terms. The experiment shows the opposite
behaviour, at first a falling and then an increasing correction factor. Except for the inlet and
outlet region the experimentally derived correction term is always smaller then the correction
term predicted by the film theory. This effect can be explained by the theory for sucking of
boundary layers derived by Schlichting [9]. The mass flow rate of the vapour towards the cooled
surface on the tube can be regarded as such an effect, because during condensation the vapour is
like a sucking off from the boundary layer. Therefor the turbulence in the boundary layer and by
this the Nusselt- and Sherwood-number is reduced. In the lower picture the correction terms for
a mixture with an higher amount of vapour at the inlet, and by this with lower Reynolds numbers
along the tube are reported. The experimental data are higher then the predicted values. This
is explained with the turbulence produced by the drops separating from the tube.

Tube row heat exchanger

The heat- and mass transfer during condensation in a tube row heat exchanger is a function of
the thermodynamic and fluiddynamic effects described above for the single tube heat exchanger
and, is additionally influenced by condensate inundation.
Fig. 11 and Fig. 12 show preliminary results obtained in the tube row. Fig. 11 shows the
heat flux density, averaged over the perimeter, at the three horizontal cooling tubes after a
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condensation length of 2 m. The vapour concentration at the mixture inlet is ni,/nt, = 0.55,
the Reynolds number at the inlet varies between 8.000 and 17.000. Fig. 12 shows the heat flux
density at the some place, the Reynolds number at the inlet is constant Re = 12.000 and the
inlet vapour concentration is increased from m,/ni, = 0.45 to Mg /my = 0.85. The dominating
transport resistance at partial condensation is built up by the vapour reduced boundary layer.
On the inundated tubes the phase interface is moved by the surface waves in the condensate
film. Additionally the boundary layer is disturbed by the condensate arriving at and leaving
from the tubes. Both effects give rise to an increased turbulent exchange at an inundated tube in
comparison to a single horizontal tube. Beside the boundary structure, temperature and vapour
concentration in the bulk flow influences the distribution of heat flux densities at the tubes. The
condensate at the cooling surfaces is subcooled relatively to the saturation temperature in the
bulk flow. The thermal instability between the condensate leaving the tubes and the bulk flow,
condensation occurs at the free condensate. The vapour concentration in the flow decreases and
entails a decreased heat flux density. These effects lead to the intersection of the curves showing
heat flux densities along the three cooling tubes.

Conclusion
The heat- and mass transfer during condensation out of an air-steam mixture was investigated

in a single horizontal tube heat exchanger. The results were compared with the theoretical
assumptions of the film theory. New correction terms were evaluated which allow to calculate
partial condensation on a single horizontal tube in parallel flow by using the film theory.

Preliminary values are reported for a horizontal tube row heat exchanger. The work for the future
will be to continue the experimental investigations in the tube row and develop a correlation for
calculation heat- and mass transfer during partial condensation in a horizontal parallel flow tube

row heat exchanger.
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Used symbols

A [m? area indices

D [m] diameter A outer annulus diameter

m [%‘1] air mass flow a air

p o [3% pressure b bulk

P [m perimeter f film surface

¢ [%] heat flux s saturation

R [EJ?] Gas constant v vapour

T [K] Temperature w wall

w o [5] velocity I inner cooling tube

v [1;3] kinematic viscosity I outer cooling tube

v -] pressure ratio [-2—] 0 with negligible mass transfer
1 inlet

measuring positions  wall thermocouples

L0S

Fig. 2: Cross section of the instrumented segment in the single tube heat exchanger
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cooling water

Fig. 1: Schematic of the test loops
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