3 Thermo- and Fluiddynamic Principles
of Heat Transfer During Cooling

F. MAYINGER

3.1 Phenomena of Heat Transfer During Immersion Cooling

Heat transfer during immersion cooling is mostly connected with boiling because
the temperature of the material to be cooled is usually higher than the boiling
temperature of the liquid coolant. With boiling many kinds of complicated
fluiddynamic and thermodynamic phenomena are interacting with each other.
In spite of early starting research and many experimental and theoretical
investigations boiling phenomena cannot be described on a fully theoretical
basis until today. First systematic experiments originate from the 30th and here
especially the investigations by Jakob [ 1], Fritz [2], Linke [3], Bosnjakovic [4]
and Nukiyama [5] have to be mentioned. Already in these experiments it was
observed that vapour bubbles are formed at very distinctive sites at the heated
surface increasing in number with higher heat flux. Each bubble grows from a
so-called nucleus which is assumed to be present in a small groove or local
roughness on the heated surface. The heat is not directly transferred from the
surface to the vapour bubble, but it first enters the liquid, being adjacent to
the surface, superheats a thin liquid layer and by this creates a thermodynamic
metastable situation for a very short period. If the nucleus is big enough or the
superheating of the thin liquid layer is high enough, a bubble is formed which
gets its heat and mass—vapour—i{rom this superheated liquid layer, called
boundary layer.

The vapour in the bubble must be of higher pressure p, than the surrounding
liquid because in addition to the liquid pressure p, the surface tension o acts
on the phase interface between bubble and liquid as can be shown with a simple
force balance. Equation (1) gives this force balance for a spherical bubble being
in equilibrium i.e. not growing and not shrinking.

Pmh=" | (3.1)

If we use the Clausius Clapeyron equation in addition

dp _ Ah,
daT  (v,—v)T

well-known from thermodynamics we can derive an expression describing the

(3.2)
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relationship between the radius of the bubble and the necessary superheating
of the vapour in it. By this we get some information about the metastable
situation of the liquid in the boundary layer. If we bring Eq. (3.1) and Eq. (3.2)
together and integrate with the simple assumption that the vapour can be treated
as1deal gas and that the specific volume of the liquid is negligibly small compared
with that of the vapour, we can easily get a rough estimation of the superheating
temperature (T, — T,) being necessary to allow a bubble of the radius R to grow.

20 L (3.3)

R= .
Ahv‘pv Tv - T;
Equation (3.3) shows that with increasing superheating of the liquid beyond the
saturation temperature T, smaller nuclei at the heated surface can become
active. On the other side however, the superheating of the surface is a function
of the heat flux being transferred through the solid material to it. Usually the
surface of a solid material contains roughness sites of different size and, therefore,
the number of the activated nuclei—i.e. of the locations, where bubbles are
formed at the surface—is increasing with higher heat flux. This increasing of
the number of activated nuclei results in a more intensive fluiddynamic mixing
of the liquid at the heated surface. Both together, namely the mass transport
in the bubble in form of vapour and the microscopic turbulence with its drift
flux behind the bubble improve the heat transfer conditions. Therefore, one
can expect that the heat transfer coefficient is improved with increasing heat
flux during boiling.

A simple experiment which was demonstrated in the literature by Nukiyama
[5] proves this deliberation. Nukiyama measured at and above a heated plate
the surface temperature Ty and the liquid temperature Tp and correlated
both with the heat flux 4. In Fig. 3.1 the heat flux and the heat transfer coefficient
a are plotted versus the temperature difference between the heated surface and
the boiling liquid in a logarithmic scale as Nukiyama did it. At low heat flux
the energy transport is managed at the wall by liquid free convection only, and
evaporation occurs only after the superheated liquid reaches the upper surface
of the pool where the radius of the phase interface is almost infinite.

The onset of bubble formation at the heated wall, i.e. the bubble boiling
causes a sudden change in the slope of the curves, shown in Fig. 3.1, because
the heat transfer conditions are now instantaneously improved. Increasing the
heat flux more and more, one finally reaches a situation, where the transport
phenomenon with bubble boiling becomes hydrodynamically unstable, because
due to the dense bubble population and the huge vapour flow, the liquid will
be prevented from flowing down to the heated solid surface, and this impairment
of liquid flow to the wall changes the boiling situation. Suddenly a thin but
coherent vapour film is formed at the heating surface separating the liquid from
it and now bubble boiling changes into the so-called film boiling. This sudden
change is called “Departure from Nucleate Boiling” (DNB) and the heat flux
at which it occurs is referred to as the “Critical Heat Flux” (CHF). The heat
transfer coefficient reaches its maximum shortly before DNB is observed.
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If we increase the heat flux at the DNB-point only a little more we can
observe a sudden and large jump in the wall temperature which may result—e.g.
with water of ambient pressure—in several 100K. At higher pressures this
temperature-jump is not so large and at very high pressures—near the critical
point—the temperature may even continuously change with heat flux after the -
DNB, but still to a large extent.

After this unstable situation at and immediately above the DNB-point, the
temperature of the wall is again continuously rising with increasing heat flux,
however, the g-AT-curve is now much flatter as it was before departure from
nucleate boiling. As seen from Fig. 3.1, the heat transfer coefficient drops down
when DNB is exceeded by one or two orders of magnitude.

If we now lower the heat flux, we do not observe the sudden jump at that
point, where we arrived at after exceeding the DNB-point when heating, but the
temperature is still continuously decreasing until the g-AT-curve reaches its
minimum. Here the temperature instantaneously falls and the situation returns
to the nucleate boiling branch of the curve. With further reduction of the
heat flux the temperature is thea continuously, but only slightly decreasing
along the nucleate boiling line.

Situations in the region C on this curve—in the literature called Nukiyama-
curve—can only be reached if we change the heating conditions. Instead of
imposing a given heat flux, we can imagine that we keep the wall at a given
constant temperature by appropriate means, for example by heating with liquid
metal. Then we can adjust a temperature in the region C, and we shall observe
a fluctuating behaviour of the boiling conditions between nucleate and film
boiling and with intermediate wetting of the wall.

For situations in the region D only film boiling can be observed and the
wall remains unwetted by the liquid. The temperature at the minimum is called
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Leidenfrost-temperature or rewetting-temperature, because by lowering the heat
flux below that value, the wall becomes rewetted again. The temperature at
which this rewetting occurs is still under discussion and research in the literature.
Sometimes theories predicting the so-called homogeneous nucleus-formation-
temperature are used, however, they give much too high rewetting temperatures.
Yao [6] confirmed earlier observations that the rewetting temperature is
strongly depending on the surface conditions, such as roughness or thin coating
layers and also on the thermal conductivity of the material at which rewetting
occurs. Yao found that on thermally stable substances—solid materials—
rewetting starts much earlier than the homogeneous nucleus-formation-theory
predicts. The rewetting- or Leidenfrost-temperature, is also a slight function of
the pre-cooling history.

A detailed survey on the rewetting by flooding and on the Leidenfrost-
temperature is given by Hein [7]. According to his investigations and measure-
ments the rewetting temperature of water is at low pressure—between ! and
40 bar—approximately 100K above the saturation temperature as Fig. 3.2
shows. This means that the vapour layer at the wall breaks down if film boiling
or thermal conduction to a near-by rewetted area could cool down the surface
of the material to a temperature less than 100 K above the saturation temperature.
At higher pressures the difference between saturation temperature and rewetting
temperature becomes smaller and it can be reduced down to 20 K. The measure-
ments, however, show a wide range of scattering. This is not so much due to
the uncertainty of the experimental readings, but the rewetting temperature is
strongly influenced by the surface conditions, roughness and coating layers, e.g.
by oxide formation.

With other substances the situation is similar. In Fig. 3.3 rewetting
temperatures of the refrigerant R12 are plotted versus the pressure. Similar to
water also in this substance the difference between rewetting temperature and
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saturation temperature decreases with increasing pressure. At high pressures
this substance even shows a much more homogeneous behaviour than water.

As mentioned before, the heat transfer conditions are influencing the
rewetting temperature also. Improved cooling conditions exist when the liquid
is subcooled because the condensation of the vapour at the phase interface
between vapour layer and liquid produces strong turbulence and acceleration
of the liquid mass towards the hot surface. By this, liquid is impinged to the
wall and rewetting can start earlier—at higher surface temperatures-—compared
with film boiling in saturated liquids. This observation was confirmed by Lauer
[8], Tung [9]and Hein [7]. As demonstrated in Fig. 3.4 the rewetting-temperature
is increasing linearly with the subcooling of the liquid and for example water,
25K below the saturation temperature and at 5 bar, can wet a hot wall already
at 500 °C.

The thermo- and fluiddynamic situation with nucleate boiling is even more
complicated than with film boiling. In the literature many theoretical and
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Fig. 35. Temperature field around a bubble growing on a wire in water (p = 0.3 bar, g = 30 W/cm?,
subcooling 2K)

experimental investigations on bubble formation and bubble growth can be
found. One should mention e.g. the papers by Forster and Zuber [10], Hahn
and Griffith [11], Plesset and Zwick [12], Beer [13] or Winter [14]. The
occurrences with bubble growth are controlled by various parameters and forces.
In the very first moment after the necessary superheating of the liquid directly
at the wall is reached, the growth of the bubble out of the nucleus is governed
by the inertia of the liquid which has to be pushed away by the growing bubble.
This first evaporation step causes a temperature drop in the liquid near the
phase interface and the pressure in the bubble is lowered equivalently to the
cooling of the liquid. For further evaporation, liquid has to be transported to
the phase interface from surrounding areas and, therefore, during this second
period of bubble growth heat- and masstransport in the liquid is governing the
bubble growth. To understand these heat- and masstransport phenomena better,
it may be helpful to get information on the temperature conditions near the
wall and at the phase interface of the bubble.

Optical measuring techniques are good tools to record the very quickly
changing temperature situation near a growing bubble. A convenient method
to be handled is the holographic interferometry [15]. An example of a
holographic interferogram taken of the temperature field around a bubble
which is growing on a heated wire is shown in Fiz. 3.5. The light and dark
fringes in this interferogram represent—in a first approximation—isotherms
in the liquid. The temperature field around the bubble is influenced by a proceed-
ing bubble which left the heated wire a few milliseconds before and which is
only “visible” in this picture by its drift flow. The superheated boundary layer
around the wire can be clearly seen on the left side of Fig. 3.5. The temperature
field around a bubble growing on a heated flat surface and its life-history is
shown in Fig. 3.6. When the nucleus becomes active, the bubble starts growing
into the superheated boundary layer due to evaporation out of this layer. After
4 ms the bubble starts to shrink and the bubble is disappeared after 7ms. The
reason for this is that the water flowing over the heated surface is subcooled
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Fig. 3.6. Boundary layer and bubble formztion with boiling in water at 1 bar, water-temperature
8K below saturation temperature, velocity w =0.25m/s, heat flux g = 9W/cm?

—8K below saturation temperature—and only an approximately 1 mm thick
boundary layer is superheated due to heat addition. In this boundary layer a
large temperature gradient exists as the densely situated fringes—representing
isotherms—show. Evaluating this interference fringes, one finds that the liquid
adjacent to the wall is approximately 10K superheated above the saturation
temperature. The total temperature difference between the wall and the bulk
therefore is 18 K.



48 F. Mayinger

3.2 Single Phase Convection

Without convection—enforced by natural buoyancy or by pressure differences—
heat is transported by molecular conduction only. With convecting fluids—
liquid or gas—the heat transport is strongly supported or almost exclusively
managed by the movement of the fluid. This heat transport by the movement
of the fluid can easily be considered in a laminar fluid flow. To do this, we look
at a rectangular element having edge distances dx, dy, and dz, as shown in
Fig. 3.7. In z-direction, i.e. vertically to the drawing plain, the temperature
is assumed to be constant. Then the heat fluxes dQ,L %.in> do, y.in> €0tET the volume
element and the heat fluxes dQAxom and dQ, y.out l€ave this element. If this
volumetric element in addition is penetrated by a fluid flow in x-direction having
the velocity w then the entering mass flow-rate :

dM = owdA = pwdydz (3.4)

brings with it the épeciﬁc enthalpy 4 and the enthalpy flux due to this flow—or
convenction—can be expressed by the equation

Q. i = 0WhdA = owhdydz (3.5)

In steady state flow the enthalpy flux leaving the volumetric element is increased
by the temperature rise d9 if heat is added to the volumetric element by
conduction. In a detailed consideration we would also have to take into account
the kinetic energy and the dissipated energy in this element due to the flow.
Here we assume that the contributions of these kinds of energy are small
compared with the enthalpy flow. In addition we shall assume steady state
conditions which means that the flow velocity and also the heat fluxes due to
heat conduction are temporarily not changed in the volumetric element.

The energy balance can then be written in a simple way for this element:

(dQl,x,in - in,x,out) + (dQl,y,in - dQ.X,y.out) + (dQconv,in - dQconv,out) = 0
(3.6)

With the expressions for the molecular heat conduction and the convective
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enthalpy transport, the energy balance then has the form
0 09 0 09

5 N
—| —AdA— |+ —| —AdA— |+ —(owhdA)=0 3.7
6x< ‘ 6x> 5y( ’ 6y) ax(gw ) G7)

By rearranging this equation and by substituting

h=cd$ (3.8)

and with the thermal diffusivity a=1/p-c we get the well-known energy-
transport equation in two-dimensional form.

2 2 )
a(a 82 9)= 08 69)

— W__.._.
ox*  oy? ox

With most practical applications and for almost all fluids—with exception of
liquid metals—the molecular heat transport, ie. the heat conduction in
x-direction, is small compared with the energy transport by convection, and we
therefore can neglect the longitudinal heat conduction. Doing this, Eq. (3.9)
reads:

0*9 09
a—s=w—.

oy? 0x

For solving Egs. (3.9) and (3.9a) we need information on the flow velocity in
all 3 directions x, y, and z which we get from the laws of fluiddynamics. A very

general fluiddynamic law e.g. is formulated in the Navier-Stokes-equation which
is a balance equation for the forces acting on a fluid element

(3.92)

ow, ow, ow, 1dp <6zwx 0w, 52wx)
—+w +w = v + +

“ox  Yady ‘oz oox ox*  oy*  0z°
0 .10 02 82 0*
Wx&'i‘wy% wzaw’ P g+v< i i P

ox dy 0z 00y

ow,  ow, ow, 1dp o*w, 0w, 0O*w,
Wy =t Wy, ——+twW,—=——-—+v| — > T3 (3.10)
0x dy 0z 00z 0x oy* 0z

From the Navier-Stokes-equation dimensionless numbers as the Reynolds-
number

L
Re="" o Re="P (3.11)
v v
or the Grasshof-number
LZ 3
Gr = L9PA9 b, _ L9848 (3.12)
wy v?

were derived by writing this equation in a dimensionless form [16]. Doing the
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same with the energy equation (Eq. (9)) we get the Peclet-number.
pe="% | (3.13)
a

Finally the quotient of the Peclet- and Reynolds-number forms the Prandtl-
number. ‘

Re i a4

If we now consider the situation directly at the wall where an infinitely thin
stagnant liquid layer exists and introduce the well-known definition for the heat
transfer coefficient «

P .y
pr=- eV (3.14)

_ 0 _ Q (3.15)
A( TWaH - TBu}k) A(SWall - ‘9Bun<)

we can write a simple energy balance at this position just by taking into account
that the heat conducted through this infinite thin stagnant liquid layer must be
equal to the total heat transport from the wall to the fluid.

. T
7= ATy = o). (3.16)

In the Egs. (3.15) and (3.16) Ty, represents the temperature of the fluid in a
position far away from the wall. By rearranging and writing Eq. (3.16) in a
dimensionless form we finally can derive the Nusselt-number.

= aAT/AT) = 3521: = 3@ (3.17)
oy/Ly i A

We shall now consider a very simple example of a heat transfer problem, namely

the heat transport to a flat plate from a fluid flowing longitudinally over it, and

the solutions of the energy- and Navier—Stokes-equation will be demonstrated

in a simple and dimensionless form for these fluiddynamic conditions. We

assume that the flat plate as shown in Fig. 8 is positioned in a fluid flow of the

T I
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Fig. 3.8. Boundary layers of velocity and temperature on a plate with longitudinal flow
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velocity w,,. In the immediate vicinity of the plate surface this velocity w, is
decelerated by the friction at the wall. Only in a distance away far enough from
the wall the upstream-velocity w,, remains uninfluenced. Between the wall and
the uninfluenced environment a velocity profile is formed as sketched in Fig.
3.8. In.a similar way the temperature of the fluid above the plate behaves. In |
a distance far enough away from the plate the temperature of the fluid is not
influenced by the heat addition to the plate and is equal to the upstream-
temperature. Near the plate surface the fluid temperature approaches the plate
temperature.

Starting from the front edge of the plate, a laminar flow zone will be formed,
even if the upstream-flow-conditions are turbulent. This laminar zone is in-
creasing in its thickness over the plate length, starting from the front plate edge.
This continues until turbulence starts.

It is usual in the literature to define a boundary-layer thickness 8, as that
distance from the plate surface, where the velocity just reaches 999 of the
upstream-velocity. In a similar way also a temperature-boundary-layer thickness
o is defined as that distance from the plate surface, where the fluid-temperature
is 999, of the temperature in the upstream undisturbed region. So we sec that
the heat transport is mainly restricted to the region where the boundary-layer
exists.

If we want to have some information about the boundary-layer thickness
we have to solve the Navier—Stokes-equation and the energy equation. In
addition we need the continuity equation. In its simplest form we can write the
Navier—Stokes-equation by assuming that the pressure gradient vertically
to the plate can be neglected and that there is also no friction due to any flow
in this perpendicular direction.

(3.18)

Equation (3.18) is called boundary-layer equation and was formulated by
Prandtl in 1904. A first solution for this equation was given by Blasius, who
made the additional simplifying assumption that the pressure gradient dp/dx
longitudinally to the plate can be neglected also. For the above mentioned
boundary layer thickness Blasius found the equation

S 5 [k
x /Re L J/ReNL

From this equation for the boundary-layer thickness Blasius finally derived an
expression for the friction factor ¥ in laminar flow.

(3.19)

0.664

</ Re,

Y(x) = (3.20)




52 F. Mayinger
As well-known, this friction factor is defined in laminar flow as

() =220l 5 Twarl) | (3.21)
QWB\:)L ow; ;
For calculating the heat transfer conditions we have to take into account the
energy equation in addition, and for simplicity we assume that there is heat
conduction only perpendicular to the plate surface.
09 9 %8

it W =a—; 3.22
wéx woy aBy (3.22)

For Pr =1 and constant wall temperature the exact solution for the heat transfer
using the equations by Blasius and the energy equation is:

Nu,=0.332./Re,. (3.23)

For fluids, where the Prandtl-number is not equal to 1, only approximate
solutions exist as for example:

Nu,=—=0.332Re}/?-Pr'/3, (3.23a)
A
By comparing Eqgs. (3.20) and (3.23), we very easily can see the connection
between momentum—and heat transport

RepPr 2

which is called the “Reynolds-analogy”.

For turbulent boundary conditions the circumstances are much more
complicated. In the literature there are several models showing possibilities for
taking into account the turbulent cross flow fluctuations or the eddy diffusivity.
For practical use, however mostly empirical correlations are proposed which
are similar to Egs. (3.23) or (3.23a).

Nu= CRe™ Pp". (3.25)

The exponent n of the Prandtl-number is a little different for a heated wall
(n=1/3) and for a cooled wall (n=0.4). The flow velocity and by this the
Reynolds-number, however, is of stronger influence in turbulent flow and the
exponent m, therefore, has values of 0.7-0.8. The Reynolds-analogy in its
simplest form is similar to that in laminar flow (Eq. (3.24)), however, the quotient
between heat transfer and friction is smaller.

Nu _v (3.26)

RePr 8
If we apply this turbulent Reynolds-analogy (Eq. (3.26)) to the well-known
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friction law by Blasius

0.3164
V=ross - (327)
we get for fluids with Pr=1
Nu=0.0396-Re® 7% = CRe™ (3.28)

which corresponds in its form with Eq. (3.25) and which is the basis for many
correlations predicting heat transfer in heat exchanging components.

3.2.1 Heat Transfer Equations for Forced Convection

Heat transfer and fluid flow, however, are also depending on the geometrical
form of the heated or cooled surface. Therefore, in the literature we find different—
mostly empirical—correlations for predicting heat transfer in different con-
figurations. For laminar flow in tubes and channels (up to Re = 2300) Schliinder
[17] recommends the simple correlation

Nu= D =</3.663 +1.62° Re Pr %, (3.29)

A
which is also valid in the entrance region of the channel.

Applying this or other heat transfer-equations, it is important to use the
correct temperature—the so-called reference temperature—for selecting the
values for the thermodynamic properties in the dimensionless numbers. There
is a temperature gradient perpendicular and longitudinal to the heat exchanging
wall, and usually the reference temperature—sometimes also called mean
bulk-temperature—is calculated as the arithmetic mean value between the
entrance and the outlet temperature in the channel or tube.

TBulk = (Txn - Tom)/z' (330)
Sometimes also the logarithmic mean value is used.
For turbulent flow in tubes or channels Colburn derived from the

Reynolds-analogy the simple correlation

D.
Nu =212 0,023 Re®S- prif3, (3.31)
i
which gives good results for not too high heat fluxes and in the range
10* < Re < 10° and 0.5 < Pr < 100. It is not applicable in the entrance region,
because there the heat transfer coefficiences are higher than Eq. (3.31) predicts.
Hausen [18] presented a correlation for a very large range of Reynolds-numbers,
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namely from laminar flow up to the highly turbulent conditions of Re = 2.5-10°,
which is also valid in the entrance region.

‘ R D.\2/3 n 0.14
Nu= 0.0235(Re°'*’ —230)(1.8 Pro3 — 0.8)-[1 -+ (—i) ](M) ]

Nwan
(3.32)

3.2.2 Heat Transfer Equations for Natural Convection

Free convection is driven by buoyancy forces and not by pressure drop.
Therefore the heat transfer correlations for convection are formed with the
Grashof-number (Eq. 3.12) instead of the Reynolds-number. The heat transfer
coefficient is again expressed by the Nusselt-number and the correlations for
calculating the heat transfer in free convection have the form

Nu = f(Gr, Pr). _ (3.33)
In closed cavities free convection only starts if:
Gr Pr > 1700. (3.34)

The Grashof-number for closed cavities is formed with the distance between
the two vertical walls.

For quenching free convection around bodies in a pool is of more interest.
For a vertical plate Rohsenow an Choi [20] derived a correlation, using the
balance equations, which is valid for laminar flow along the plate

172
Nu,__ 0676Pr? 439)
(Gry/H™* ~ (0.861 + Pr)!/*

In (3.35) the Nusselt- and the Grashof-number are functions of the flow path,
i.e. of the distance from the lower edge of the plate. In the Grashof-number the
difference of the temperatures at the plate surface and in the fluid where it is
not yet affected by heat transfer has to be inserted as characteristic temperature
difference. If the plate is cooled, the flow goes downward and therefore, the
flow path has to be counted from the upper edge of the plate.

One can also rearrange Eq. (3.35) to derive a mean Nusselt-number and
Eq. (3.35) then reads

Nu, _ 0902 Ppr'/? (3.36)
(Gr/4)* ~ (0861 + P/ ‘

Laminar boundary layers are observed at vertical flat plates up to Gr Pr = 10®
Closed solutions for turbulent boundary layers are more complicated. For
Prandtl-numbers between 1 and 10 one can, however, use the simple correlation

Nu,, = 0.13(Gr-Pr)*/3 | (3.37)

with good accuracy.
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3.3 Two Phase Heat Transfer

Discussing heat transfer with single-phase forced convection, we realized that
the heat transfer coefficient is not a function of the temperature difference
between the wall and the fluid. With free convection we found that density
differences, caused by temperature differences, are impelling the heat transport
and, therefore, the heat transfer coefficient is here depending on the temperature
difference between wall and fluid. Boiling and heat transfer in two-phase flow
are always connected with phase change which results in very large volume
changes due to the density differences between liquid and vapour. Therefore,
one can expect a priori that heat transfer is strongly influenced by buoyancy
forces, however, also by dynamic forces originating from the bubble growth.
These forces are affecting the boundary layer to such an extent that heat transfer
with boiling allows high heat fluxes and cannot be improved very much by
superimposing forced convection. Therefore, one reaches almost the same values
in free and in forced convection. As we have seen when discussing the boiling
phenomena, the number of activated nuclei per unit of area increases with rising
wall temperature and by this with higher heat flux. Therefore one can expect
that the heat transfer coefficient is a function of the heat flux because of the
agitating effect of the growing, departing and rising bubbles. From these simple
deliberations one can derive the correlation

x=Cq", (3.38)

where, however, the constant C differs from fluid to fluid and is a function of
the pressure and the surface roughness. For more general validity, therefore,
one would have to extend Eq. (3.38) to the form

a=Cp Cy F(p)g" (3.39)

where Cp represents the properties of the liquid, C,, the roughness and the
thermal conductivity of the wall, and the influence of the pressure is expressed

by F(p).

3.3.1 Free Convection Boiling

Considering the formation and movement of the bubbles in the liquid, it is
possible to develop physical models and empirical correlations for the heat
transfer coefficient with pool boiling. However, as seen in Fig. 3.1, we always have
to observe whether—depending on the heat flux and the surface temperature—
the system is in nucleate or in film boiling conditions. Both conditions are
separated by the so-called boiling crisis and for knowing the heat flux at which
nucleate boiling changes into film boiling, we have to discuss critical heat flux
correlations.

Correlations using dimensionless numbers for boiling heat transfer have a
more general validity than Egs. (3.38) and (3.39). Dimensionless numbers for
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pool boiling are formed with the transport properties of the substance, the heat
flux density and the thermodynamic state—i.e. the boiling temperature.
Correlations formed with such dimensionless groups are of empirical character,
too. However, they have the benefit that they are valid for several substances
and for a wide range of pressure and saturation temperature. An additional
influence onto the heat transfer with boiling comes from the roughness and the
thermal conductivity of the solid surface on which boiling occurs. Most of the
correlations in the literature, however, neglect these effects because up to now,
they are not well enough understood. On very smooth surfaces, for example
on glas, it may happen that nucleate boiling is suppressed and after a high super-
heating of the liquid suddenly film boiling occurs. Technical surfaces—e.g.
of metal, —however, are usually rough enough that a large number of bubble
nuclei can form, and there the influence of an additional roughness is
small.

For calculating the heat transfer with nucleate boiling on metallic surfaces,
here the equation by Stephan and Preusser [21] 1s presented

Nu= iDbub —0.1 [quub]OjM[g{lo'l%[Athbub:lo'Ml
/ / & alz

Ay A,

[ a?\ol ]0.350[?—{}“0.162 (3.40)
6.Dbub A 1

Equation (3.40) is written in the power and product form which is familiar from
the correlations for single-phase convection. It contains dimensionless groups
which are formed with thermodynamic properties, the saturation temperature
and the heat flux density. In addition some groups in this correlation contain
the diameter of the bubble, when separating from the surface. This bubble
diameter can be calculated by considering the equilibrium of the separating
force due to buoyancy and of the holding force due to surface tension.

26 0.5

Dy = 0.0146/3’<--——~—-> . (3.41)
glei— o)

For the contact angle B between the bubble and the solid surface, one has to

insert into Eq. (3.41) the following values:

For water 45°,
for cryogenic substances 1°,
for hydrocarbons including refrigerants 35°.

In Eq. (3.40) a, is the thermal diffusivity of the liquid formed with its thermal
conductivity, density and specific heat.

o= (3.42)

i€
For water and if the claim with respect to accuracy of the predicted values is



3 Thermo- and Fluiddynamic Principles of Heat Transfer During Cooling 57.

10?

10 ‘ L
<o

I S, o
-'___.—-——"

102 10! 1 10 10% bar 4107

P et

_Fig. 3.9. Constant C, in Eq. {43) as a function of the pressure (water)

not too high, one can also use the much simpler equation
Uit = C14°°73, ‘ (343)

where C, is a factor which depends on the pressure in the system and whose
value can be taken from Fig. 3.9.

3.3.2 Forced Convection Boiling

With forced convection boiling the heat transfer situation changes as far as a
velocity profile is superimposed onto the microconvection, produced by the
departing bubbles near the wall. However, looking more in detail, one realizes
that this velocity profile is only weakly influencing the very first phase of the
bubble formation, the nucleation. Due to friction forces the velocity at the wall
is zero and, in addition, growing and departing bubbles decelerate the velocity
in the boundary layer near the wall.

For activating a nucleus only the superheating in the boundary layer in
the immediate vicinity of the wall is of influence, also in forced convection flow.
Different is the situation for the bubble growth and the bubble departure. If
we consider the forces acting on a growing and departing bubble in forced
convection, we have to take into account also the resistance and the momentum
force due to the flow, in addition to the forces by buoyancy and surface tension.
So the heat transfer with nucleate boiling is slightly improved by the forced
convection compared with pool boiling. There are attempts in the literature to
calculate the heat transfer in forced convection nucleate boiling by superimposing
the effect of microconvection, produced by bubble departure and that of forced
convection due to the superimposed directed flow. Rohsenow [22] presented a
correlation in which the heat flux from the wall is the sum of two parts, one is
formulated with the heat transfer coefficient for nucleate pool boiling and the
other one with the heat transfer coefficient for single-phase forced convection.
Compared with single-phase forced convection, the heat transfer coefficient for
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nucleate pool boiling, however, is larger by one or two orders of magnitude.
- So the contribution of the forced convection for improving the heat transfer
with boiling is small and can be neglected in most cases. Therefore, Eq. (3.40)
is frequently used for forced convection boiling also.
A different situation is given, when dipping a body, i.e. a plate, into a liquid.
As long as the surface temperature of the body is not too high—that is below
the Leidenfrost-temperature—we can expect nucleate boiling. Here the free
convection, due to buoyancy forces, is superimposing the microconvection,
generated by bubbles growing and departing in the immediate vicinity of the
wall. Based on dimensionless groups derived by Stephan, an empirical correlation
was developed by Kaufmann and Vaihinger [23]

Nu = C(D;bub = 0.078K§'62‘K8'133' Kg.634_Kg.234,Pr1.032,ReO.O’?S (344)
*]

The dimensionless groups in Eq. (3.44) are formulated as follows

K, = _ﬂaé, K, = _L; K, = Qz(beub)szub
Tem Dy opy

K,= AthI bub, Pr— }’_1; Re = (/D bupl? bub&i
) C]T a} ’71

and the bubble diameter can be calculated with Eq. (3.41). The product of the
bubble departing frequency f and the bubble diameter was formulated by
Kaufmann and Vaihinger in the equation

g(@i Qv)
(g

Completely different, however, is the situation if only a thin liquid film covers
the wall which may be the case with cooling by falling film flow or by spraying
liquid onto the surface. With this liquid layers at a hot surface which, however,
is below the Leidenfrost-temperature, experiments showed that almost no
bubbles are formed in this layer, and the evaporation takes place at the free
surface of the liquid film. This evaporation mode is called “surface boiling”,
and the word surface stands here for the interface between the liquid and the
ambient gaseous environment and not for the surface of the solid wall to be
cooled. The heat is transported from the solid wall to the free surface, mainly
by conduction and convection in the liquid film.

Up to now a fully theoretical description of this heat transport is not
presented in the literature and therefore, the heat transfer coefficient with this
evaporating mode is described by semi-empirical correlations. These
semi-empirical correlations are based on the Martinelli-parameter X, which 1s
formulated for turbulent conditions in the liquid film and in the gaseous
environment:

0.5 0.1 — +\0.9
(82 ()
9 iy X

fD,,, =0314'
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and on the boiling number

Bo=- q : - (3.46)
mah,
The equations given in the literature can be separated in two groups of the form
b
ot boit. _ g ( 1 ) | (347)
asing. phase X"
or
) 1 n m .
Xsurt. boil. — M{BO 10% + N(w) ] . (3.48)
Xsing. phase X“

Which form should be used depends on the fluiddynamic conditions in the film.
If the film itself is purely of single-phase nature Eq. (3.47) can be used, however,
if the liquid film is thicker and some bubble nucleation is to be expected, Eq.
(3.48) should be preferred. If nothing is known about the single- or two-phase
nature of the Film Eq. (3.48) should be preferred. The boiling number Bo in
Eq. (3.48) takes into account some bubble formation in the liquid film which
improves the heat transfer. Values for the constants A, M, N and the exponents
b, n, m are given in Tables 3.1 and 3.2 for various substances and different flow
directions. v

In Egs. (3.47) and (3.48) the heat transfer coefficient with evaporation is
related to the heat transfer coefficient in purely single-phase forced or free
convection. This heat transfer coefficient with free or forced single-phase
convection can be calculated, using the equations given in Chap. 2.2. In the

Table 3.1. Values for A and b in Eq. (54)

A b
water, upflow 29 0.66
water, downflow 272 0.58
R113 upflow 4.0 0.37
n-butanol 7.5 0.328
org. liquids, nat. conv. 34 045

Table 3.2. Values for M, N, n and m in Eq. (55)

M N n m

water, upflow 0.739 1.5 2/3 1

water, downflow 148 1.5 2/3 1

R113 upflow 0.9 445 0.37 1
R12 horiz. 1.91 1.5 2/3 0.6

i

n-Butanol 245 1.5 2/3
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Reynolds-number of these convective heat transfer correlations a superficial
velocity has to be used which is calculated with the assumption that only liquid
would be present in the channel. Using the Colburn-correlation, one can
formulate this reference value of the smgie-phase heat transfer coefficient with
the simple equation

5 .1 27]0.8 0.4 ‘
ging. phasﬁ*——/" 0-023[——i‘-~———~——d‘* o0 x)] [—5@] : (3.49)
™ Ay

equ.

The Reynolds-number in this equation is formed with the dynamic viscosity of
the liquid and by expressing the mass flowrate of the liquid only with the help
of the quality x = m,/m were m is the total mass flowrate density of the liquid
and the vapour.

We now need a criterion when to use this thin film or surface boiling
correlations with falling film flow or spray-cooling. Under wetting conditions
surface boiling always can be assumed if the thickness of the liquid film is
smaller than the diameter of bubbles which would be formed with nucleate
boiling. With forced convection two-phase flow, usually the Martinelli-parameter
X, is used as criterion for separating nucleate boiling and surface boiling.
Figure 3.10 gives some help to estimate the border-value of X, between nucleate
and surface boiling. From this figure we learn that for

1 >35 (3.50)

43

we always can assume surface boiling, and we can use Eq. (3.48) to calculate

2
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Fig. 3.10. Transition from nucleate boiling to surface boiling in annular flow
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the heat transfer coefficient. Below this value, one has to use pool boiling
equations. Figure 3.10 shows also that this border-value of X, is a function of
the boiling number. .

For a rough estimation of the heat transfer coefficient with surface boiling
in water, we can use Eq. (3.51)

0.9
Xsurf. boil. — 0065(_}_)( T )(6320> (351)
C)‘s,ing. phase X“ TS - Tl O - |

which was formulated by Calus [24] and which is much simpler to handle than
Eq. (3.48).

In a different way as described above, the heat transfer with forced
convection boiling is treated by Chen [25]. Similar as Rohsenow [22] he
composes the heat transfer to the gas-liquid-mixture of two components, that
of the boiling and that of the forced convection.

Uit = & +a

(3.52)

Unlike to Rohsenow he is not adding the heat flux densities, but the heat transfer
coefficients. The reason for this is that he assumes that the driving temperature
difference is the same for both mechanisms of heat transport. Chen recommends
for calculating the convective contribution to the combined heat transfer
coefficient the equation

-"33-00023[%]&8["—%—6‘]1?. (3.53)
d m 4

In this equation F is a correction factor which takes into account the different
flow conditions in gas-liquid-mixtures compared to that in pure single-phase
fluids. The temperature field is strongly influenced by the velocity gradient in
the boundary layer near the wall, and this gradient again is depending on the
sheer stress situation and the void fraction there. Both fluiddynamic situations
can be expressed as a function of the Martinelli-parameter X, assuming that
both phases are in turbulent conditions. Therefore, it is reasonable to describe
this correction factor F as a function of the Martinelli-parameter as shown in

sing. phase pool, boiling”

asing. phase =

equ
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Extrapolation

08 > \
I 08 ™
y

AN

02
\
B

0t 2 o 5 810 « & 810% Fig 3.12. Correction factor S in Eq. (3.54)
Re ypp == according to Chen [25]

Fig. 3.11. According to Chen this course of the correction factor is valid over
a wide range of void fraction or quality, reaching from nucleate boiling via
surface boiling up to the onset of dry-out. With this correction factor and an
equation for the heat transfer coefficient with nucleate boiling Chen succeeded
in correlating the heat transfer in the whole range of vapour-liquid-mixtures,
without splitting it in two regions as described before. The equation, recommended
by Chen for the heat transfer coefficient with nucleate boiling is based on a
correlation by Forster and Zuber [26]

/:,0'79C?’4SQ?'49 024 0.75 '
Tw.y— T)°**4p.”S  (3.54)
60‘511?‘294}!3’2498’24]( Wall ) $
and contains a correction factor S which takes into account the temperature
situation in the boundary layer. This correction S depends on the two-phase
Reynolds-number

Rey = [%1‘)]}“5, (3.55)
I

as shown in Fig. 3.12. So Chen combines the mechanism of nucleate boiling
with that of forced convection and the correction factor F stands for the sheer
stress induced velocity field. The temperature difference AT, = Ty,,,, — T, 1s the
superheating of the liquid in the immediate vicinity of the wall and by this is
a measure of the driving force for nucleation and bubble growth.

Equation (3.54) is an empirical correlation and was presented by Chen in
a non-dimensionless form. Therefore, one has to choose the right dimensions
when using it, namely the international system with the mass in kg, the length in
m, the force in N and the energy in J. The pressure must be given in N/m?.
The calculation procedure is a little complicated because, depending on the
boundary conditions an iterative method has to be used. It is recommended to
start with calculating the heat transfer coefficient for forced convection
single-phase flow and with evaluating the correction factor F. For boundary

o =0.00122[

pool, boil

equ
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conditions with given heat flux then the wall temperature has to be estimated,
and the estimation has to be improved in a proper way during the iteration.

3.3.3 Heat Transfer with Film Boiling

Heat transfer with film boiling is of complete different nature compared to that
of nucleate boiling. With film boiling the wall is unwetted due to its high
temperature and the heat transport has been managed through a thin vapour film
from the wall to the saturated liquid. Film boiling occurs at high heat fluxes
beyond the so-called critical heat flux and as shown in Fig. 3.13 bubbles separate
from the vapour film adjacent to the wall and travel into the saturated liquid.
The heat transfer process can be easily described, if one assumes that the vapour
in the film flows in a laminar configuration and if one neglects the small sheer
stress between the phase interface of vapour and liquid. In addition one can
assume that the distance between two bubble columns separating from the film
can be expressed by the Taylor- or Helmholtz-instability depending on whether
the film is horizontally or vertically orientated. One then ends up with the
well-known equations by Bromley [27] or Berenson [28]. These heat transfer
correlations are similarly derived as the equations for film condensation which
are based on the falling liquid film theory by Nusselt. For a detailed information -
concerning these theoretical models reference is made to papers by Hsu [29]
and Bressler [30].

Assuming turbulent flow in the vapour film, one can also start from the
laws for mixed convection for vertically orientated vapour films and one then
ends up with a correlation for describing the heat transfer coefficient, which
contains a Reynolds-number referred to the thickness of the liquid film, a
modified Grashof-number and the Prandtl-number. There are also correlations
based on the turbulent boundary layer theory which take in account the effect
of interface oscillations between the phases. These oscillations improve the heat
transfer.

NS

Fig. 3.13. Situation with film boiling at the Ball
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Based on the equation by Bromley

‘13 - Ah 0.25
afilm boit = 062 )VQV(QI Qv) vg‘j (356)
’ 7?»( Tv - Ts)éhor

Hsu [31] developed the equation
= 1.456-10%-exp(—3.76-1073-p%1 33T, — T,}

-3 . 0.25
/':.VQV(QI Qv)?Ahv:] . (357)
nv( Tv - Ts)éhor

This equation is valid for a horizontal orientation of the vapour film and
contains the distance 8, between the vapour columns separating from the film
which can be calculated from Eq. (3.58)

N [ o :lO.S
Spor = 27| —— (3.58)
glor —ev)

based on the theory for Taylor-instabilities. The second term of Eq.(3.57)
represents a pressure correction. For vertical orientation Leonhard [32] uses
the Helmholtz-instability for the distance of the separating bubbles representing
a characteristic length

4 3,5 0.5

Buen = 16'24[ o Ah 1 ] (3.59)
o0 —0)°¢* 2 (Tyan — T.)?

which he then implements in Bromley's-equation Eq.(3.56). Sherman and

Sabersky [33] made an interesting proposal for correlating heat transfer with

film boiling at vertically orientated surfaces. They introduce a dimensionless

heat transfer coefficient N,

N, = * (3.60)

1/3
ch‘("“g)
0

which they describe as a function of the physical properties of the vapour in
the film.

1/3 ) — TY\ 023
Naz-_o.,zz(gl) Pr;°-°5(ch(T"§z S)) : (3.61)

Compared with the literature describing nucleate boiling, papers on film boiling
are much more rare, and measured values show larger tolerances. The reason
for this is the high temperature under which the measurements have to be
performed and also the difficulties of the measuring techniques under these high
temperatures. The situation with respect to reliable data becomes even worse
if one looks for heat transfer measurements in subcooled film boiling. With
subcooled liquid. The fluiddynamic phenomena at the phase interface change
remarkably because the condensation of the vapour at the subcooled liquid

Zeiim, boil, hor.

+o62
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surface produces high acceleration forces towards the interface and also towards
the wall which can induce local rewetting for a short period. Also the turbulence
in the vapour film is strongly increased. Lauer [8], Nishikawa [34] and Sparrow
[35] showed within a certain agreement and as demonstrated in Fig. 3.14 that
with film boiling in subcooled liquids much higher heat fluxes can be transferred
than in saturated liquids. ‘

3.34 Transition Boiling

As we saw in Fig. 3.1 when we discussed the Nukijama-curve, there is a region
between critical heat flux and fully developed film boiling which is called
transition boiling. In this region a heat transfer mechanism can be observed
which gives decreasing heat transfer coefficients with increasing temperature
difference between wall and fluid. Visual observations of the fluiddynamic
situation give the impression as if the hot wall would be temporally wetted so
that periods of nucleate boiling change with that of film boiling.

A detailed literature survey on heat transfer under the conditions of
transition boiling is given by Groeneveld and Fung [36]. These authors defined
the transition boiling as a combination of unstable film boiling and unstable
nucleate boiling. The later one plays the more important role for the heat
transfer process from the wall to the fluid. This means that correlations used
for nucleate boiling could be also of some relevance for describing transition
boiling.

Starting from the idea that the heat transfer with transition boiling is
strongly depending on the short-time rewetting of the wall and by this on bubble
boiling, in the literature frequently correlations can be found of the form

g= Ae 84D (3.62)
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This form implements the difficulty to describe the coefficients A and B in a
physically proper way. A simple method is to formulate A and B as a function
of the physical properties of the fluid. However, also the temperature difference
AT between the rewetting temperature—the Leidenfrost-temperature—and the
saturation temperature plays a role. As an example of these kinds of equations
here the correlation by Tong [9] is presented

1+0.0016 AT

X
G = Qing. pnase €XP | —0.001 2—"533(11 T/100) (3.63)

This equation was originally developed to describe the cooling phenomena in
nuclear reactors under the conditions of a loss of coolant accident. Applying
Eq. (3.63) one has to know the heat flux qg . ... Which would exist with purely
single phase liquid flow, i.e. without boiling. This heat flux can be calculated
by using the equations given in the previous chapters. In addition the change
of the quality x,,, with respect to the coordinate in flow direction must be
known. This can be calculated by assuming thermal equilibrium.

Arnother form of correlating heat transfer coefficients with transition boiling
was presented by Dhir [37]. Dhir evaluated his equation from his measurements
where he immersed cooper- and silver-spheres into water which was subcooled
up to 60 K. Dhir used the Jakob-number as describing parameter.

3.3.5 Critical Heat Flux

For applying heat transfer correlations under high heat flux densities one has
to know the boiling mode—nucleate, transition or film boiling. There exist
numerous correlations in the literature predicting the critical or peak heat flux
with pool boiling. Several examples for these correlations could be cited,
however, here only the form elaborated by Zuber [38] shall be presented

1/4 '
Geri = 0. 131Ahm[ﬂg’— 5 &) ] (3.64)
0y

The constant in Eq. (3.64) as originally proposed by Zuber was 0.131, however,
this value is generally considered to be low and Rohsenow [39] proposed the
value 0.18.

While this correlation describes quite well sets of data measured in water
it is not accurate for all systems. For example, the predicted critical heat fluxes
are widely divergent for boiling liquid oxygen.

Considerable progress has been made in accounting for the effects of heater
geometry. Sun and Lienhard [40], Lienhard and Dhir [41] and Lienhard and
Riherd [42], re-examined the model by Zuber and found that the vapour-
removal configuration varies according to the heater geometry and size. A simple
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correction can be made by using a characteristic length L

L = Llg(e, - 0.)/o]"". (3.65)

The correlation for this characteristic length then serves as a correction factor
for the critical heat flux taking into account the heater geometry and its size

Gorit/ Qi p = S (L) (3.66) -

Results of semi-empirical correlations are summarized in Fig. 3.15. They indicate
that the correlation curves vary according to geometry for small heaters and
are also generally different for large heaters. These correlation curves were based
on a large number of data points.

Although the experimental verification is difficult, data for large flat plates
(facing up) tend to substantiate the semi-empirical prediction for an infinite flat
plate

Gorie/ derinp = 1.14. (3.67)

Nucleate bozhng and the associated hydrodynamic instabilities vanish for very
small heaters (L <0.01 mm) and therefore with increasing heat flux natural
convection proceeds directly into film boiling.

For forced convection boiling the prediction of the critical heat flux is much
more complicated and strongly depending on the heater geometry as well as
on the fluiddynamic conditions. For finding correlations to predict critical heat
flux under these conditions reference is made to the book by Collier [43].

3.3.6 Immersion Cooling

With immersion cooling, as it is usual in the quench hardening treatment, several
thermo- and fluiddynamic modes—starting from film boiling via transition
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boiling and nucleate boiling up to single-phase free convection—can exist. The
heat transfer process is primarily depending on the surface temperature of the
immersed body, however, also on its thermal conductivity near the surface and
its surface roughness.

With hardening usually the temperature of the body is known before dipping
it into the quenching bath and in most cases this temperature is above the
Leidenforst-temperature. So film boiling will start immediately after dipping.

The lower limit of stable film boiling corresponds to the onset of liquid-solid
contact. Numerous analyses have been made to predict this condition, generally
based on hydrodynamic stability theory similar to that employed in determining
the critical heat flux. For a flat horizontal surface the minimum heat flux can
be calculated by an equation given by Zuber [44]

GQ(Q} - Qv) 14
Qmin = CAkaV[M] (368)
(Ql + Qv)2

where C is variably given as 0.177 [46] or 0.09 [47].

For small bodies—wires—it is necessary to account for curvature effects
and especially for the effect of surface tension in the transverse direction upon
the Taylor- instability of the interface. Lienhard and Wong [48] have suggested
the following semi-empirical equation

’ 20(0, — 1/2
<qmin — 0.057 QvAhv [ g(Ql Qv) + g 2:]
R (e +e) (a+o)
glo+eo,) 1 77
[ ‘a + 2R2] . (3.69)

This equation should be used for curvatures of small radii (below 2nm) only.
For larger curvatures Eq. (3.68) may be applied. However, Kovalev [49] notes
that this equation overpredicts the data for water on clean surfaces at pressures
above atmospheric pressure.

In any case these equations cannot be relied upon for systems where the
liquid contains impurities and the surface exhibits some degree of contamination.
Oxidation increases wettability.

Also from another point of view it is difficult to calculate the minimum heat
flux of film boiling. The energy balance demands that the heat flux transported
by conduction in the solid material to its surface must be the same as the heat
flux transported by film boiling or nucleate boiling from the surface to the fluid.
So the moment when film boiling ends has always to be determined in an iterative
way by using Eq. (3.68) and by calculating the conductive heat flux to the surface.

The period of transition boiling—after the minimum heat flux was reached—
is usually very short and can be neglected for most practical cases. Therefore,
one can assume that when the vapour film has collapsed, nucleate boiling starts.
For the following period the heat transfer coefficient can be calculated with the
correlations given in the chapter on nucleate boiling. Here again, we have to
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observe the balance between heat conducted to the wall and heat transported
from it by nucleate boiling. When the surface temperature of the wall reaches
the saturation temperature nucleation stops and the heat transfer is furtheron
managed by liquid free convection only. For calculating this period reference

is made to the chapter on free convective heat transfer.
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